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. 1. INTRODUCTION

With the growing shortage of natural gas, development of process
for the production of high BTU gas from coal becomes more attractive, and
is now under extensive investigations, most of which are sponsored by the
Office of Coal Research, Department of the Interior. The overall system
for production of the pipeline gas consists of several unit processes
such as gasification, water-gas shift conversion, gas purification and
methanation. - In the present stuly, the water-gas shift conversion process
of a large commercial scale is optimized in connection with the primary
‘gasification and methanation processes. The objective is to search the
most economical scheme for shift conversion by which the effluent gas
from the gasifier can be processed to achieve a proper hydrogen-to-
carbon monoxide ratio for methanation at a later stage. Conditions and
compositions of raw gas vary depending on the different primary gasifi-
cation processes from which it emerges.. Among the various gas compositicns
obtainable, two cases are selected as shown in Table 1. These selections
will meet the following requirements imposed on methanation: (1) production
rate of pipeline gas is 250 % 109 BTU/day; (2) heating value of pipzline
gas is more than 900 BTU/SCF.

2. REACTION KINETICS

A. Rate Equationg

N The stoichiometric relation of water-gas shift reaction is expressed -
y . .
v‘CO + Hzo = CO2 + Hz E 6

In addition to the above reaction, thermodynamically it is possible.

- that several other side reactions may take place among the components of
€o, 1,0, i,, CO,, CH, and other hydrocarbons. These reactions involve
the methane formation and the carbon deposition. Presently however
the well developed conmercial iron-chromium—oxide catalyst is employed

. Pndcr the suitable steam to gas ratio which is obtained based on equili=

__pbrium considerations, showing a satisfactory selectivity in most water-

“-gas shift conversion processes. In this study therefore only reaction
(1) will be of primary importance. :




Among the different types of water-gas shift rate cquations proposed
so far, the first order equation of Laupichler [11], Mars [13], the
sccond order equation of Moe [15}, and the exponential form of equation

of Bohlbro and others [4] are noteworthy.

The recent paper of Ruthven{18§)

reviewed the experimental results obtained by previous investigators, and

concluded that the pscudo first order rate equation is quite adequate

in most cases.

This equation secms to have more flexibility than

others since it includes the pore diffusion effect of catalyst,

which is particularly important at high tempcratures.

- Table 1. Flow Rates and

Low CO Case

Compositions of Feed and Product Gases

Feed Product (dry basis)
I1b-mole /hy mole % lb-mele/hr 3 mole 7
co 9209.0 11.78 6446.3 10.43
HZO 19155.8 24.50 . - -
}12 17817.4 22.79 20580.1 33.31
€0, 11567.3 14.79 14330.0 23.19
C”A 19721.Q 25.22 19721.C 31.91
N2 ©716.3 0.92 716.3 1.16
Total 78186.8 100.00° ' 61793.7 100.00

Inlet Tenperature: 1000°F

Pressure: 1100 psia

High CO Case

Foed

) Product (dry basis)

1b-mole/hrx mole 7% 1b-mole/hr mole %
Cco 31850.6 35.32> 12421.7 - 12.69
HZO 11767.5 13.04 - -
HZ' 19220.3 21.30 ‘ . 38649.2 39.49
C02 12002.9 13.30 31431.8 32.11
cH, 14£591.7 16.17 14591.7 14.91
N, o 784.5 0.87 ’ 784.5 0.R
Total 90217.5 100.00 97878.9 100.00

T Anlet :lom:c? vature: 1700°F Pressurc: 1050 psia




In the prescnt sEudy,_thc pScudo first order rate equation is
consistently used regardless of operating conditions. However, the
result obtained from the sccond order equation of Girdler[7] is
also presented.for comparison.. The two types of rate cquations are
summarized as follows: : Co

(a): 'Pscudo first order rate equationm

- dp . (oep Y-
T ke (0-pe)

or in an integrated form
v

- In (1=X/Xg) = Kot = kg /S

The value of K, is obtained from intrinsic catalyst activity, k

s
as follows:

kg, = 1079 exp(-27300/RT)
ky = €5 RT k
1 Pp s
De, = 0.069 (v/673)3/2
‘ 1/2
¢ = 0.5 D
1 Up. (k\’l/ ’el)
3 1 -1
no= @) (Tﬁﬁﬁ&i’ qi)
K. =492k, 1% (1 -t)/T
3 vy 1 : . :
k, =k, [(/14.1%3- 1/¢1/(1-1/0)) :
ap ay : 1 1

(b). Second order rate equation

' _ L.
rlog = k(Ceq Cuzo

exp(15.95 — 17500/RT)

= € Cco /KD
H, "C0,"y

=
It

B. Mass and Heat Transfer Within Catalyst Bed

Since the water-gas shift reaction is cowmparatively slow and moderately
exothermic, the differecce in temperature and concentration betwecn
bulk phase of gas and catalyst surface is not expected to be very great.
Thic csn be chown pumer¥e~11y 2z follovs,  The tohpivatuic Jifle_wice

may be estimated by:

v e 2
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whére h_ 1is the heat transfer coefficient between the particle surface
and bulkpphase, and can be calculated from [23]

N 2/3 - -0.41 14
Iy (NPr) hp/(CpG) 0.989 (dpG/v) (14)

The maximum temperature difference will result from the maximum reaction

rate. The calculation based on the value, rC?T=- 6 1lb-mole CO/(hz cu, ft. caﬂ%

G = 7000 1b/(hr.sq. ft.) shows approximately C—Tb)=£3°F. Su?h a
negligibly small temperature difference was alsG reported earlier [11], (13].
The temperature gradient within a‘catalyst pellet can be calculated'by the
following heat balance equation, assuming an uniform reactlon rate in the
catalyst. -
dr  o2dr | Foo . (15)
dr r dr ke

vhere ke‘ the effective thermal comnductivity may be calculated from

1 1 ' ., a6y

ke (1-Dke + {kg
Solution of the above equation using proper boundary coundition is

1 T'eg d 2 2 :
T =T+ 5 g AN K -4 (17)
Again r 0= 6 1b-mole/ (hr.cu.ft.cat.) is used for the calculation .
of tempegature difference within the pellet, yielding that (T~Tc)lr=o'<4°F.

In a similar manner, the concentration difference between the bulk phase
and the surface of the catalyst is approximated by

G- € = rg /(g a2y (18)

where k. is the fluid-particle mass transfer coefficient in the bed,
and: may ge evaluated from .[9] .

J 4.6 -0.41
S . S, i (19)
_ey0:2 1.40 [l‘(l-:)]
The numerical calculation indicates that the maximum difference in
concentration corresponds to only 2% of bulk phase concentration.

In summary, it may be safely assumed that the differences in temperature
and concentration between the bulk phase and the catalyst surface are
negligibly small.
3. PERFORMANCE EQUATIONS
A. Flow Model for Fixed Bed Reactor
‘Flow patterns ot tiuid in a fixed bed reactor are describable by

the dispersed-plug flow modcl or compartment—in-series model. The
required condition may be specified as follows [12]



/YL < 0.01 2 20)

i

- iNoting the relation . Da/vL (Da/vd)(d/L)

-and using the experimental results of Levenspiel and Bischoff [12],
Da/vd.z:O.S . o : - (21)
Equation (20} is equivalent to d/L < 0.02 " (22)

In this study the characteristic length d is the same as the unit
compartment length which is selected as 1 in. Therefore, it is seen
from -equation (22) that if L is larger than 5 ft. the requirement
is satisfied. :

B. Performance Equations for Reactor Simulation

Material balances for each component around n-~th compartment are
glven as follows:
-1

FY = F‘.‘ +v“ reo i=1,2,--,6 (23)
1s negatlve for i=1,2, positive for i=3, 4, zero for i= 5 6,

whgge F s Fo, F3, F4, F5,_F6 are the molar flow rate of CO, H,0, Hy,

co,, CH , and N, at the exit of the n-th compartment, respectively;

V2 is the cata%yst volume per unit compartment. Energy balance around

the n~th compartment under adlabatlc conditions may also be expressed as:

I o 6 :
-1 n-1 n . n n
T ) e, (-1 )2, e = -am, VU (24)
o & i Pim ] i=1 1 Pim To ¢ ’CO .
T » ,
where CPim = J; Cpi dT/(T_— 10), . AHTo = -17698 BTU/1b-mole
o

The pressure effect on heat capacities may be con51dered nceglizible even
at 1000 psig except for steam.

Pressure drop through the flxed bed reactor: 1s calcu]ated using Ergun's
equation [8]:
: d G
. . 150(1~ + 1.75 - . .
ap - 25000 v/ +1.75 . 259
=) D) (-£8) ‘
1-¢ = c? .

C. Design Equation for Heat Exchanger

Considering the change of film coefficient and scaling problem, it is
assumed that approximately 50% of water entering the tubes in heat



exchangers is cvaporated to generate steam. Then the heat balance
can be writted as:

Q = HSCP (Tz—Tl) for shell side (26)
= Wy [CL (tzﬁtl) + 0.5% ] for tube side 27
where T t, are the outlet tewmperatures, and 7,, t,, are the inlet

b4
2 . . . .
tempera%urcs of shell side and tube side, respectively. The shell side
heat transfer coefficient is calculated from:

0.55 1/3
h N = 0. 1 t
(D /i) = 0.36 ® G )7 (o pi) (28)

The pressure drop in the shell side is estimated by the following
equation [10]:

2 10

AP = £ 6D L./(5.22 x 10 D_s B) . (29)

wheré
£ = 0.01185 (Docs/u)"o'1876 (30)

The tube side heat transfer coefficient for the case without phase
change® may be computed by:

o 0B, (L3 0.14
(D /x) = 0.027 (0,6 7y D777 (Cu o) (e /) (31)

Since a complete optimal design of heat exchangers is rather involved
which is not called for in this study, a simplified procedure is
adapted. This procedure involves the determination of an optimum heat
transfer coefficient for the heat exchanger. Clearly the increasing
mass velocity of gases will have a favorable effect on heat transfer
coefficient but will result in a larger pressure drop. An optimum
heat transfer coefficient therefore is calculated based on the highest
velocity within the allowable pressure drop of 3 psi.

4. ECONOMlC INFORMATION
A. Equipmeunt Cost

Reactor Shell Cost: The thickness of the reactor wall, T
from [1]

h is computed

T = ' S FE'-0.6D
nh o B R /(S E'-0.6D) ' _ YD)
and wcight of rcactor WR which includes the top and botton blank

is caleculated by

g Th o 2 -Fg T (33)
= ey {4+ A 1R el

wR 4 6

*¥Sce appendiv for the case of phase chonga.
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Then the reactor cost becomes

Ep = G f Yr (34)

Cost of catalyst supporting trays = : = 0. 216 1 N(D+5) (35)

Control Valve Cost: Average values of $8000 per valve for a large
single reactor and $4000 for small parallel reactors are used.

Heat Exchanger Cost [17]: E = C,I¢ [850 '(AT/50)0'5.62.]

Pump Cost: The following equations are used to estimate the cost -of pumps
[6] {14] associated with heat exchangers to dellvcr cooling water

"E =684BO467
|
where

Bp‘ =qe, Ah/246,800 Ef)

. B. Cost of Direct Material and Utility

Catalyst Cost: Ec = ICVC' ‘

Steam Cost: Although the cost of steam depends largely upon its source
and manufacturer, a value of 60 cents per thousand pounds is
primarily used.

Thus Egqp = (WST/IOOO) (8200) (076)

Cooling Water Cost: $0.12 per thousand gallon is used for.treated water.

Electricity Cost: 11 mil per kw-hr is used

C. Calculation of Revenue Requirement

In order to optimize the process, formulation of cbjective function is
necessary. The objective function is developed based on the annual cost.
The accounting procedures is "Utility Gas Production General Accounting
Procedure" which is formulated by the American Gas Association and
adopted by the Office of Coal Research. The procedure estimates the
annual revenue requlremeut under the following-conditions [21]:

Debt—equ1ty structure 65% debt (1/20th retired
Rcturn <on-rate base 7% amually)
Federal income tax rate 487
Interest on debt 5%
Depreciation, 20 jyodr

straight line : 5%

State and local taxes and
incurance - ] 3%

(36)

(37)

(38

(39)

(40)




The revenue requircmont is cemposed of three factors: opcrnLj?g_cosgs,
return-on—-rate basc; and federal dncome taxes. In current optimization
raw material cost is not cousidercd and onc man per shift is asfumcd

for operating labor. The steam cost is calculated scparntcly,{xom‘shc
revenue requirement, bocause of the difficulty as well as the importance
of steam cost estimation in optimization.

5. OPTIMIZATION

A. Process Description

The block diagram of the system for optimization is shown in Figurc
1. Since the temperature of the raw gas from gasifier is usually nuch
higher than the operating temperature for shift conversion, cooling by
waste heat boiler is necessary before going into the reactor. The gas
after cooled to a proper temperaturc is then introduced to the reactor
in which the mole ratio of carbon monoxide to hydrogen is adjusted
about 1/3. Therefore, for any fixed inlet gas composition, there is
always a required conversion of carbon monoxide. Before the gas enters
the reactor, a certain amount of stcam is added to this stream. The
additional steam also brings the-steam to gas ratio high enouzh so that
carbon deposition on catalyst will not take place. Determination of
the proper steam to gas ratio is not a simple problem, however, because
it requires the knowledge of many factors including the reaction kinetics
of carbon with gases. Furthermore, the amount of steam introduced would
greatly affcct not only the steam cost but also reacticn rate, equili-
brium conversion, etc. and the optimum opcrating conditions.
The required conversicon of carbon monoxide can be achieved in the reactor
by one throughput. However, because -of the cost of steam and the heavy
duty required in the product gas cooler, it will be more advantageous to
by-pass a portion of the feed, and mix it with the product gas that has
been converted in excess in the reactor. The conversion in the reactor
is adjusted to achieve the required conversion upon miving. It is observed
that in order to meet the required conversion by this scheme, the
conversion in the reactor has to approach closely to the equilibrium
conversion. The temperature of product gas after the shift conversion
is approximately 900°F, or lower if this product is mixed with the
by-passed gas. Again, it is required to cool the outlet gas before
purification. The outlet temperature of product gas cocler should be
decided based on the performance of purifier, but in the present
study this temperature is fixed at 460°F for convenicnce.

B. Adiabatic Reactor

The adiabatric operatien can be represented on the conversion-
temperature plot. Figure 2 shows the equilibrium curves for difforent
valucs of steam to cas ratio based on the feed composition of the low
C0 case. On the same figure are showa the adisbatic operating lince
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which represent the cnergy balance relationship starting from the

given inlct temperatures. The interscction of adiabatic path with
equilibrium curve is adiabatic-equilibrium point, indicating the

maximum attainable conversion and temperaturc in an adiabatic operation.
The inlet gas tewperature to reactor is one of the decision variables,
having an allowable range between 600°F to 800°F. The maximum allowable
operating temperature is selected as 900°F, because cxperimentally it has
been shown that undesirable phenomecna such as catalyst sintering and carbon
deposition could take place above this temperature. ’ '

The optimization of reactor part is to find the rcaction conditions at which
the total annual cost is minimized. However, since the entire system to be
optimized includes heat exchangers also, the optimum conditions cannot

be decided from the reactor study alons. In other words, the reactor is
regarded as one stage while the entire process constitutes a multi-stage
process. Therefore, at each stage the optimal decisions are obtained

for every admissible value of state variables. In this study the
quantities to be decided for the optimization of the reactor are: the
inlet gas temperature, the conversion (or by-pass fraction), and the
diameter of reactor. If we select the temperature of gas as the state
variable and the remaining quantities as the decision variables, then

the reactor optimization will follow the procedure of searching for the
optimum conversion and optimum diameter for every admissible value of

the inlet gas temperature.

It can be proven that for a given reactor volume, a smaller diamecter
reactor weighs less than that of a larger diameter reactor because of the
thickness of the reactor wall. Therefore, once the volume of the reactor
is determined from the conversion, the smallest diameter will be chosen

as the optimum diameter which offers the allowable pressure drop throusgh
the reactor. This reduces the number of decision variables and simplifies
the calculation.

The procedure of reactor optimization is as follows:

1. The adiabatic equilibrium conversion and temverature are
deternined for each of the assumed inlet temperatures with given feed
composition.

2. An initial trial value of diameter is estimated approzimately
from the required conversiou, the average temperature and the pressure
of the gas stream. ’

3. Starting from the point near the equilibrium conversion, the
annual cost for the reactor part is calculated at each point along the
adiabatic line by a suitable interval of conversion. In this procedure,
search methods such as Fibounacci Search or Golden Section Scarch way be
used for higher efficiency, but in the present study a constant interval of
0.05 is taken for simplicity. Mecanwhile, at each conversion the correct
diameter of the reactor satisfying the pressurc drop limitation is calculated
by iterations. It is noted that the determindtion of conversion in the
reactor ftixes automatically the by-pass fraction of the feed gas.

4. Once the optimum conversion and the correct value of the diamater
is obtained for a siungle reactor, the optimuwm number of reactors in



parallel can be decided readily, based on the optimum space velocity )
already determined...

After the heat exchanges and reactor are optimized individually for
every admissible inlet and outlet gas temperatures, the results can be
combined to locate the optimum temperatures for the overall system. To

accomplish this, first it is necessary to decide the steam temperature, Ts’

in Figure ], Apparently,the increasing value of Ty, favors the cost
of Hl but affects that of Hy adversely if T is fixeé$ These two
oppoSite tendencics.can be combined to show Ehat the highest possible
Tyy and consequently the lowest possible Tg should be selected for an
economical operation. In this study TS is selected as the saturation
temperature of steam at -the operating pressure. Once the temperature
of steam is fixed, the remaining procedure is straightforward. For
every value of Tg. the value of Ty; is calculated by material and
energy balances around point A. Since the corresponding value of.

Tp. is. already obtained by an optimum Xg in the reactor, similar
matzrial and energy balances around point B yield the value of T .
hence, all the necessary inlet and outlet temperatures for estima%ing
the overall costs are deternined. . ’

C. Cold-Quenching Reactor

The adiabatic system provides a simple and economical process

vhen the concentration of carbon monoixde in the feed gas stream

is low. However, when the CO concentration is high the rate of heat
evolution is so high that the removal of heat from the system becomes
necessary in order to keep the reaction temperature within the

desirable range. Hence, frow the point of temperature control, more
" flexible cold-quenching system must be employed. In water-gas shift
converter cbld—quenching is achieved by injecting a suitable amount

of cold water and vaporizing it in the ‘quenching zone of the reactor.
Since steam is a reactant and is required in excess, the water-quenching
accomplishes dudl effects: temperature reduction and steam supply.
Figure 3 (a) shows the present system of cold-quenching water-gas -
shift conversion process. In the first reaction zone the reaction )
progresses under an adiabatic condition. When the reaction has

achieved a certain extent of conversion, the quenching is performed

in the quenching zone by a pressurized low temperature cooling water -
.which is cbmpletely vaporized and mixed with the reacting gas stream
‘before entering the next reaction zome. Care must be excrcized for the
design and operation of quenching zone to assure complete vaporization
of water in the quenching zone, otherwise the unvaporized water will
drastically contaminate the catalyst in the subsecquent reaction zone.
After quenching, the low temperature gas continues to recact in the
secund redcilon eofe.  ine allednate queéncillaf and fvacisvn woniinuc
until] the desired conversion is achieved. The cooling process in the
product gas cooler which follows the recactor is the same as that of

the adiabatic system.



Since the cold-qucnching system consists of a serics of adiabatic beds,

the typical optimization technique for multi-stage process, namely

dynamic programming is used. In this study, a three-stage system is sclectod
based on the results of simulation. The backward dynamic program is cxpresscd
by the well known Dellman's principle of optimzality (2] as: "Whatever

the initial state and decisions are, the rcwaining decisions nust

constitute an optimal policy with regard to the state resulting from the
first decision." 1n contrast to the backvard dynamic program algorithm,

a forwanrd dynamib program algorithm [3] has been proposcd as: ‘'Whatever
the ensuing statc and decigions are, the preceding decisions must
constitute an optimal policy with regard to the state existing before

the last decision." The selection of backward or forward algorithm

will depend on the typc of problem as well as the given boundary conditions.

In Figure 3(a) the initial state (XI, TI), and final state (XE,TF) are
fixed as describéd earlier, but all other values at intermediate stages
must be determined by optimization. Now from the relationship between
the value of X} and the amount of gas by-passcd, it is possible to
confine the system of optimization to the region surrounded by the
dotted line in Figure 3(.), Figure 3(b) shows the modified system to
be. optimized with X} given.

Each stage except stage 1l consists of one quenching zone and one reaction
zone, and has tvo state variables X, T, and tvo decision variables @

and AX. For example, if we use backward algorithm in stage 3, for anv
given value of (X%, T%), we can find the optimal decision Wq and AXNj
such that the total cost is minimized. 1In stage 1 although no quenching
water V¥, is used, the principle of computational procedure is still the
same.

Generally, a backward approach has been used more frequently, and can be
also applied to the present problem. However, in this study the forward
concept is used because firstly, the problem is of initial condition

type, and secondly, the- equilibrium constraint existing at the end of each
stage is helpful for taking the admissible ranges of state variables.

The general recurrance formula in N-stage process is

Fo(Y) = Min [cN(YN,EN) + FN’ (YN)] 4
ey (40)
where
- Y, and BN arc the state and decisjon vectors at the ¥-th stage
GN and FN are the objective and mipnimum objective function,
respectively.
Then the following functional cquation can be written for cach stage.
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First stage,  F (XL, 15 ) = min [, (x{,T{,Axl)] 1)
Second stage, F (Xf, rf } = Min [G (Xf,T AX W )+F (X ,1H] -
; ; 2 2 1 (42)
{sz,wz}
Third stage,  Fy(xf, 7€) - min [c (x3,'r Ay W )4F, (x T 4y

> {axs,w }

Based on the above equationis and using the material and energy balance
relations, the optimization is performed starting from the first stage.
Although the system is different and involves the multi-dimensionality
problem, the basic principle for optimization at each stage is quite
similar to that of ‘the adiabatic system. In each case the amount of
quenching water is adjusted within the capacity of quenching zone, and
the intervals of variables are properly selected based on the sensiti-
vity of objective function and on the computing time. A linear inter-
polation approximation is applied to connect the stages. The computa-
t10na1 procedure is as follows: : )

1. At the exit of the first stage, the admissible ranges of X{ and
T are found. In doing this, the restricted range of operating temperature,
550°F< T <900°F, and the equilibrium temperature-conversion relation-
ship are considered. Then within the range the netwise two-dimensional

" lattice points of (Xf Tl) are formulated.

2. The correspondlng Ti for each of the lattice point is calculated
using material and energy balance relationship in the stage. The size of
reactor is evaluated, the annual cost, Gy is then obtained and tabulated.

_;. Similarly, at the exit of the second stage the admissible values
of (xI, 1) are found. -
Ea (Xl 71 ) 's are calculated for different values of (Axg, W ),
and the evaluatgd G,'s are listed. ’
5. Interpolation is performed between (X1 T{) and (X T ), and the
minimum values of (G +G2) obtained are listed ~for every value of (X2,T2)

6 a similar computation at the third stage, all thé values of
By f
(Xl,Tl) and G3 are also obtained from the admissible values of (X Tj) and

(ij, W3). .
7. Interpolation is performed between (X2 T2) and (Xl ;)

-Hence% the total objective function (G +G +G_) is obtained for every value

of (X T ), . .from which the optimum resu?t is found.

Again the reactor part and heat exchanger part can be coﬂblned'by the -

- 8imilar procedure shown in adiabatie system.
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6. RESULTS

Adiabatic system: Figure 4 shows the reaction rate profiles
along the reactor and Figure 5 illustrates the annual cost .vs.
reactor inlet temperature for the low CO case. The optimum operating
conditions and corresponding costs are listed in Tables 2 and 3 for
" both the low CO case and the high CO case.

4

Cold-quenching system: The reaction rate profile for the low CO

case, and reaction paths for both cases are shown in Figures 6 to 8,-

respectively; the optimum operating conditions and costs are listed in
Tables 4 to 6. : -

7. DISCUSSION

A. Effect of Steam to Gas Ratio on Optimization of Adiabatic
Water-Gas Shift Conversion System

As already indicated, the steam to gas ratio is one of the most
important factors in the optimization of water-gas shift conversion
system. However, its determination is not straightforward. To see
how this factor affects the performance of the reaction and the opti-
mization, different values of steam to gas ratio were employed for
the low CO case in the adiabatic system. Figure 9 shows the reaction
rate profiles along the reactor height with different steam to gas
ratios of 0.8, 1.0, and 1.2. The operating conditions and costs are
listed in Table 7, indicating that the major difference in cost comes
from the variation in the amount of steam although there is also a
considerable change in other costs.

B. Effect of Pressure on the Reactor Performance

Since little is known about the reaction kinetics above 450 psig,
the validity of rate equation used in this study is uncertain above
this pressure. Besides, most of the commercial plants are operated
around 400 psig or less, due to the experimental fact that the
activity of iron-chromium-oxide catalyst incredses rapidly with

- pressure in the low pressure range but above 400 psig, the effect
of pressure becomes insignificant.

Two additional operating pressures of 300 psig and 600 psig are
selected to study the effect of pressure on the adiabatic reactor
operation. Figure 10 shows the profiles of reaction rate and Table
8 lists the operating conditions and costs. These results indicate
that at high pressure although the reaction rate is increased and
consequently the volome of reactor s docoreased, the ccat of rezste
becomes higher because of the reactor wall thickness. Therefore,
in general, there is no reason to opcrate the reactiom at a high
pressure unless other parts of the gasification processes ate
conducted under high pressures.

ry
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Since the design of the reactor depends greatly upon the rate equation,

- more pressure drop is expected in this region. Either of the following

- 78 -

c: Comparison of the Results Using Different Reaction Rate Expressions

~ Im section 2, two fypés of rate équation; namely the pseudo-first
order equation (2) and ‘the second order equation (11) are discussed.

e

it will be necessary to compare the results obtained using the two

rate equations. The operating conditions and the corresponding costs
based on the two equations are listed in Table 9 for the adiabatic
reactor. Because the applicable range of both equations favors low
pressures, 300 psig is selected as the operating pressure. As can be
seen from the table only small differences exist between the two

results indicating that the water-gas shift reaction can be represented
by. either of the two equations in this range. The second order equation
however seems to provide more conservative estimate than the first order
equation. ’

Y

D. Pressure Drop in Quencﬁing Zone
Since the quenching zone is usually packed with rings and saddles,
equations may be used for the approximation of pressure drop:

Aé/z

0.012 ¢ 6°/6g.e R (44) {2

or )
n

AP/Z = K'y (45) (1
If the values, G = 7000 lb/(ftg hr.) and e =1.5 1b/ft3 are used,
then AP/Z = 0.05 psi/ft by equation (44)and 0.03 psi/ft by equation
(45). Therefore the pressure drop through quencing zone in this study ¢
be peglected, unless the packing height is much larger than anticipated. ,

_E. Effect of Sulfur Content in Gas

.The sulfur content in gas 1is another important factor affecting
greatly the performance of water-gas shift reaction. Therefore, if the
amount of sulfur exceeds the .allowable value, the catalyst activity
deterlorates considerably requiring periodical generation. However,
since the allowable sulfur content varies considerably depending on -
the type of catalyst uséd, the deterntnation must be based on the

. experimental data obtained from the specific catalyst.

The study of Bohlbro [5] indicates that the kinetics of water-gas
shift reaction may be modified by the presence of H2S in the feed gas. |
According to his experimentral reculte 1€ the scntent cfiﬂzs 15 less tuan
100 ppm (part per million) only physical adsorption on the surface of . )
catalyst takes place, but above 1000 ppm kinetics will be altered because




—~—— —— ~— -

of the transformation of iron oxide into iron sulfide. On the other hand,
Girdler [7) described that sulfur content above 150 ppm reduces the
activity of catalyst greatly, but below 50 ppm sulfur does not have any
significant effect on the activity of their catalyst. Mars [13] also
discussed the effect of sulfur content on activity of catalyst showing
removal of sulfur compounds from the feed gas increases the performance
of reactor considerably. :

The sulfur content in raw -gas from the gasifier varies-widely depending
on the process, some of which could have as much as 0.9% of HyS. However,
this study is made based on the assumption that the sulfur content is
small enough to be tolerated by the catalyst without causing substantial
deactivation. In general, unless the sulfur content in the feed gas is
very high, it is possible in most cases to select a proper type of
catalyst that will withstand the sulfur poisoning for substantial length
of time. On the othér hand, if the catalyst gets deactivated it is
also possible to modify the space velocity in the reactor to the
corresponding reduction in catalyst activity. The recent study of Ting
and Wan [19], shows another approach for handling sulfur-containing gases.
Here the rate constant is modified by a sulfur correction factor, the value
of which are obtained in terms of operating pressure up to 30 atm. for the
gases containing H,5 as high as 0.247%.

F. Sensitivity Analysis

The current optimization involves a number of specific system
parameters. But the information on these parameters are not necessarily
accurate. Such an uncertainty of parameters is incurred by various
internal and external factors and may affect the performance of
optimization considerably under certain conditions. The sensitivity
study here is intended to bring about a better system performance by
analyzing the effect of variation in parameters on objective function.
The sensitivity of a given parameter, S, may be represented as [22]

5o = [ - DIV (W - )] (46)
Referring to the results listed in Table 10, it is seen that the
objective function is most sensitive to the parameters involved in kinetic
expression. As is also expected, the dimension and character of catalyst
pellet play an important role in the reactor performance.
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L ' _ 8. CONCLUSION

) A. In the operation of water-gas shift reactor, steam cost occupiecs
| the major portion of the total cost. The reduction of the amount of
steam is therefore most important in making the process more economical.

i B. The total annual cost is not greatly affected by the variatiom in
the reactor inlet temperature between 650°F to 750°F when the concentration
| of CO in the feed gas is low or moderate. For the gas of high CO
4 concentration, however, the sensitivity due to the inlet temperature
! variation is increased.

’ _ C. The optimum conversidn ‘is very close to the equilibrium conversion
in most cases, which is mainly due to the role of steam cost in the
objective function.

D. Although the kinetics information of water-gas shift rection ma

&! 8 ay
} ~ not be accurate for high pressures, the operation beyond 400 psig does
' not scem to have any particular advantage..

E. In cold quenching reactor, major'part of the total conversion is
achieved-in the first stage but both the first and the last stage cf
the reactor occupy the largest portion of overall reactor system.

F. The concentretion of CH,; and CO in the feedfgas is the primary factor
affecting the process cost. Because of the steam cost, the cold-quenching
system is less costly than the adiabatic systen in most cases, particularly
in the high CO concentration case. However, if the steam can be ignored,
the adiabatic system will be suitable for -low CO concentration of less.
than 25% on dry basis. - S :

G. From the sensitivity study, the objective function appeared to be
somewhat sensitive to the parameters related to the kinetic expression
and the character of catalyst pellet, indicating that special care
must be exercised for the determination of these paramaters.

T —— ST T T
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NOMENCLATURE

Adiabatic paths in reaction zones of the first, second and
third stages, respectively

Heat transfer areas of the heating zone, the vaporlzlng zone,
and the total, respectively [sq.ft.]

Baffle spacing [ft.], and Brake horse power [hp.], respectively

‘Concentration of component i [mole frac.], and concentrations

of product gas in bulk of gas phase and at catalyst surface
{1b mole/cu.ft.], respectively

A _constant related to the packings and fluid flow

Height of a unit compartment [ft.]

Heat capacities of gases and water, respectively [BTU/(1b.°F)]

Molar temperature-mean heat capacity of component i [BTU/(1b mole, °F) ]

Cost per pound of material used for comstruction of -reactor shell
[$/1b], and cost year index, respectively

Characteristic length in reactor and inside diameter of reactor,
respectively [ft.]

Axial dispersion coefficient [sq.ft./hr.] .

Effective diffusivity of CO in catalyst pores at'l atm and at
pressure p, respectively [sq.ft,/hr.]

Ingide diameter of tube, equivalent diameter for heat transfer

tube, and inside shell diameter of heat exchanger, respectively [ft.]

Diameter of catalyst pellet [ft.]

Activation energy in pseudo first order rate equation [BTU/1b mole]
Efficiency of the longitudinal joints in cylindrical shells, and
mechanical efficiency, respectively

Cost of catalyst [$] and steam [$/yr], respectively

Costs of heat exchanger, pump, reactor and catalyst supperting
tray, respectively {$]

flat blank diameter of top and bottom of domes of reactor [ft ]

Molar flow rates of component i at (n-1)-th compartment and
n-th compartment, respectively [1b mole/hr]-

Shell side friction factor [sq.ft./sq.in.]

Gravitational acceleration [ft./sq.hr.]

Superficial gas mass velocity [1b./(sq.ft.hr.)]

Mass velocity in tube side and shell side, respectively
[1b/sq.ft.hr.)] .
Hydraulic head [ft.]

Beat of reaction at any temperature and at temperature T,
respectively [BTU/1b mole CO]

Film heat transfer coefficient in inside and outside,
respectively [BTU/(sq.ft.hr.°F)]-

Fluid—partlcle heat transfer coefficient [BTU/(sq.ft.hr.°F)]

Unit cost of catalyst [$/cu.ft.] and cost factor; respectively

OBjectlve function for a given value of parameter and that at
the optimum condition, respectively
Heat transfer factor and mass transfer factor, respectively
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Equilibrium constant based on mole fraction

Constants related to the packings and fluid flow -1
Reacton rate constant in second order rate equation [hr 1

- Apparent catalyst_activities at 1 atm and at pressure p,

respectively [hr™ 1]

Thermal conductivity of catalyst and effective thermal :
conductivity of catalyst particle, respectively [BIU/(ft. hr.°F)] -
Fluid-particle mass transfer coefficient [ft/hr.]

Thermal conductivity of gas and water, respectively
[BTU/(ft.hr.°F)] . : ‘

Apparent first order rate constant based on the unit catalyst

- ‘bed volumé [hr™l]

Intrinsic catalyst activity based on unit surface area
[ft. 1b mole/(hr.BTU)]
Intrinsic rate constant at 1 atm [hr ]

'Lengths of reactor ‘and heat exchanger, respectively [ft.]

Bumber of trays and Prandtl number, respectively

.Pressure of the system and pressure drop, respectively

[1b /sq in.] ‘

Partial pressure of CO at any time and at equilibrium,
respectively [1b /sq in.]

Heat transfer rate in heat exchangers [BTU/hr. ]
Volumeric flow rate of water [gal./min.]

Radial distance in catalyst particle [ft.]

"Gas constant [BTU/(1b mole, °R)]

Inside radius of cylinder [in.]

Reaction rate of CO [1b mole CO/(hr.cu.ft.cat.)],

[cu.ft. CO/(hr.cu.ft.cat.)], respectively

Dirt factor in heat exchanger

Reaction rate per unit catalyst particle [1b mole Colbr.unit cat.)]

_Specific gravity, steam flow rate [1b/hr.] and sensitivity,

respectively ..
Specific surface area of catalyst [sq.ft./1b], maximum allowable
streis value [1b_/sq.in.] and space velocity at N.T.P. basis

» respectively .
time [hr.]

Temperature, The subscript denotes the stage number and the

superscript represents the status [°F] [°R] .
Temperature of shell side at outlet and inlet, respectively [°F]

.Bulk gas temperature in reactor and surface temperature of catalyst

particle, respectively [°F]
Thickness of reactor shell [1n.]

Shell side gas temperature at which vaporization of water starts to
take place [°F]

Exit temperature of (n-1)-th compartment and n—-th compartment,
rae".pti\,g1 v [ °1.‘ 'I

Standard temperature (77°F), and temperature of steam [°F],
respectively

Overall heat transfer coefficient [BTU/(sq ft.hr. ‘F)]
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Overall heat transfer coefficients for heating 2zone,
vaporizing zone, and whole heat exchanger, respectively
{BTU/(sq.ft.hr.°F)]

Axial mean velocity [ft./hr.] and linear velocity of gas in
empty tower [ft./sec.], respectively :
Catalyst volume per unit compartment, and of total reactor,
respectively [cu.ft.]

Quenching water. The subscript denotes the stage number
[1b/hr]

Parameter subject to variation and that at a specific value
considered, respectively

Weight of reactor {1b. 1, mass flow rate of gas in shell side
[1b./hr.] respectively

Mass flow rate of steam and water inm tube side, respectively .
[1b./hr.]

Fractional conversion of CO at anytime and at equilibrium,
respectively. The subscript denotes the stage number and the
superscript represents the status.

State vector in N-th stage

Height of packing [ft.]

GREEK LETTERS

Voidage of catalyst bed

. Decision vector at N-th stage

Effectiveness factor at 1 atm

Internal porosity of catalyst
Latent heat of water [BTU/1b.]
Viscosity of gas and water, respectively [1b. /(ft hr.)]

Viscosity of water at tube-wall temperature [1b/(ft.hr.)]

Density of gas reactor materlal, catalyst partlcle, and water,
respectively [1b./cu.ft.]

- Thiele modulus at 1 atm

———
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APPENDIX

In case that the vaporization is taking place inside the tube, the

- calculation of heat transfer coefficient is difficult. However, the

following simplified approach is used in this study, by separating the
heat exchanger fictitiously into two zones: heating zone and vaporizing
zone. Then the temperature T, at which the vaporization starts to take
place corresponding to the boundary of the two zones in the tube can be
calculated by a heat balance: ’ .

: - ' .
7 Tm'— Ty + Wp CP (tz—tl)/(wscp )
The log-mean témperature differences in the heating zone and vaporization
zone are: : ) :

1 o ,
Ty = 1@t~ Tt/ fn [(Ty-t,)/ (T4-t,)]
2
T = LTyt ~(Tt) 1 A [(Ty)=t)) /(T -T5) )

The overall heat transfer coefficient for each zone can be obtained by

1/0 = 1/h; + 1/h, +R,

Then the heat transfer areas for heating zone and vaporization zone

become ) ’ i
Ab.= WI cp‘(tZ—ti)/(Uh?Lm?

A
v

1

0.5 WT/ (UvTLm.)
Thus the total area is.

A=A + A

v' .
And the average overall heat transfer coefficient UT is obtained.
o o
Uy = VAT

where o : . ) .
Ta,~ [0mty) ==t 1hn [(Tyme)) /(1))

(47)
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(49)

(50)
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